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The equilibrium-limited steady-state nonisothermal behavior of an integral packed-bed
reactor is described for the liquid-phase synthesis of ethyl tert-butyl ether with a model
that is inherently consistent with thermodynamics. It involves a coupled one-dimen-
sional mass- and enthalpy-balance equation with temperature-dependent thermochemi-
cal properties and reaction equilibria. The model accounts for the nonideal nature of
the liquid-phase reaction system by utilizing species activities in the rate expression for
the reversible reaction, which is also consistent with thermodynamic equilibrium. Exper-
iments agreed well with theory with all of the kinetic, thermodynamic and other physico-
chemical parameters being obtained from independent experiments, indicating that the
theoretical approach is robust. Further, the results clearly endorse the use of species
activities rather than concentration, or mole fractions, in the rate expression for the
nonideal liquid-phase reactions. There is a paucity of such studies in the literature,
especially for liquid-phase nonisothermal packed-bed reactor analysis.

Introduction

A variety of mathematical models exist in the literature for
analyzing the behavior of nonisothermal packed-bed reac-
tors, ranging in complexity from one-dimensional pseudoho-
mogeneous to two-dimensional heterogeneous models (Aris,
1969; Holland and Anthony, 1979; Denbigh and Turner, 1984;
Lee, 1985; Froment and Bischoff, 1990). Although the two-
dimensional heterogeneous model is the most detailed, the
computational effort in solving the resulting mass and energy
equations is substantial. Therefore, the one-dimensional
models are frequently preferred (Froment and Bischoff,
1990). However, the existing one-dimensional models have
certain deficiencies, particularly for nonideal liquid-phase
systems involving reversible reactions. In fact, there are inter-
nal inconsistencies in virtually all models for reversible reac-
tions. For instance, while it is the norm to use temperature-
dependent heat capacities and other thermodynamic proper-
ties in the thermodynamic equilibrium analysis, these terms
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are invariably assumed to be constant in the reactor enthalpy
balance equations. Furthermore, reaction rate expressions are
written almost invariably in terms of concentration, which is
inconsistent with thermodynamic equilibrium where activities
are utilized, especially for liquid-phase systems. Generally,
there are also inconsistencies in the form of temperature de-
pendence for equilibrium constants and that for the forward
and reverse rate constants.

Due to a lack of satisfactory models for nonideal liquid-
phase systems, a one-dimensional nonisothermal packed-bed
reactor model for liquid-phase reversible reactions, which in-
corporates thermodynamic, kinetic, heat, and mass-transfer
terms in a consistent manner, is utilized here for ethyl tert-
butyl ether (ETBE) synthesis. ETBE is the ethanol counter-
part of the more commonly used oxygenate methyl tert-butyl
ether (MTBE). Recently, the use of MTBE has come under
question from a variety of environmental groups. Although
MTBE is effective in reducing carbon monoxide emissions
and increasing gasoline octane levels, MTBE’s high chemical
stability and solubility in water (4.8 g/100 g water) threatens
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groundwater from leaking tanks. California, which represents
about 25% of the world’s annual MTBE market, has already
passed legislation for its phase out, and is considering alter-
native additives like ETBE, tert-butanol, and tert-amyl methyl
ether (Morse, 1999). Not only does ETBE provide similar,
and in some cases, better gasoline blending properties than
MTBE, it has the added advantage of being partly renew-
able. Furthermore, the water solubility of ETBE is only a
quarter that of MTBE, which is a substantial advantage.
Jensen and Datta (1995) and Jensen (1996) discuss in detail
the reaction kinetics, equilibrium thermodynamics, and in-
dustrial packed-bed reactor schemes associated with ETBE
production. The kinetics for this nonideal reaction system is
modeled utilizing species activities, rather than the more typ-
ical concentration, or mole fraction. All other physicochemi-
cal parameters utilized in the reactor model were determined
independently. The model is simple enough to be computa-
tionally convenient, but robust enough to provide accurate
reactor behavior. The model is validated using experimental
results, and further used to discuss reactor design issues for
ETBE synthesis. The ability of the model to accurately pre-
dict the intensity and location of the hot spots enables the
development of design strategies to reduce catalyst deactiva-
tion and enhance reactor performance.

Theory

Various one- and two-dimensional models exist for de-
scribing the fixed-bed reactor, that take into account axial
mixing, intraparticle gradients, as well as radial variations
(Lee, 1985; Tarhan, 1983). The model utilized here neglects
axial dispersion and assumes the phenomenological model,
qrw = U(T, —T), for the radial heat flux at the wall based on
an overall heat transfer coefficient U, a cross-sectional aver-
aged bed temperature T, and a constant ambient tempera-
ture T,. Further, the effectiveness factor n of the catalyst
particles is assumed to be unity. These assumptions are later
shown to be applicable for the case of ETBE synthesis. The
adequacy of a one-dimensional model is supported by the re-
sults of Ferreira et al. (1996), which showed small differ-
ences, in most cases, between temperature profiles obtained
using unidimensional and bidimensional models for MTBE
synthesis.

Unlike typical packed-bed models, however, the species
heat capacities, along with enthalpy and Gibbs free-energy
change (or equilibrium constant) for the reaction, are al-
lowed to vary with temperature within the reactor for consis-
tency with thermodynamic reaction equilibria. The heat ca-
pacity of species j as a function of temperature is assumed to
be of the standard form

Coj=a;+bT+cT?+dT? D

and the standard enthalpy change for the ith reaction,
n
AHS = _Z vijAHS,

as a function of temperature, is obtained from the integrated
form of the Kirchoff equation
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which when used in the v’ant Hoff equation provides the
standard Gibbs free-energy change, or equivalently, the equi-
librium constant, for reaction i

AGH Aa,

——T—InK,= Ik — ==+ —InT

RT RT R
Ab,  Ac Ad,
+—T+—T2+—T3% (3)
2R 6R 12R

In the preceding, the two constants of integration for reac-
tion i, namely, I;,, and I, are determined from Egs. 2 and
3, respectively, by setting T =T°, the standard temperature,
along with the knowledge of the standard enthalpy and Gibbs
free-energy change of reaction i, AH%. and AGS..

Defining conversion for our case of a single reaction (q=1)
for ETBE synthesis on the basis of the key limiting reactant,
namely isobutylene (B), X =(Fg — Fg,)/Fgo, €ethanol typi-
cally being 5% in excess of stoichiometric feed to suppress
isobutylene dimerization, and using dW = (1— eg) pcmR2dz,
for a tubular reactor of radius R, results in the following
cross-sectional area-averaged enthalpy and mass balances, re-
spectively:

Ua(T,—T
(_AHiql')riJ’_#
o2 (1-eg)pc
E_TFRt(l_EB)pC n @)
FBO( Y ©,C + XACH
ji=1
and
dX R2(1 — Vg .
- = —_ r.’
dz TRE(1—€g)pc Fao i ©)

which need to be simultaneously solved to determine the T
and X profiles within the reactor. The reaction rate in the
preceding equations is written in terms of activities. Using
the Langmuir-Hinshelwood-Hougen-Watson (LHHW) for-
malism, in which each of the elementary steps is treated ac-
cording to the thermodynamic transition-state theory (Jen-

sen, 1996),
[ o)
a —
2 ®anK,

ra=Kiaa————— (6)

A 1+ Kpan)

where a; = X;y;, and the activity coefficients are calculated
using the UNIFAC method. The rate constant, kg, in Eq. 6
is written in the conventional Arrhenius form, with the preex-
ponential factor and effective activation energy having values
of 7.418x10* mol/h-g and 60.4x10% J/mol, respectively
(Jensen, 1996). The rate expression is based on a mechanism
involving a three-site surface reactions as the rate-determin-
ing step, and utilizing the most abundant surface-species as-
sumption for ethanol. This assumption is supported by the
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large adsorption equilibrium constant of ethanol as com-
pared to other species and given by Kitchaiya (1995) as

KA=27exp[ll’Ooo(i—i”- )

R T 303

The heat-capacity coefficients for the species involved, along
with other relevant thermochemical data, are provided in
Jensen and Datta (1995).

Experimental
Apparatus

In order to reduce the heat losses from a laboratory-scale
reactor with high surface-to-volume ratio as compared with
industrial units, a packed-bed tubular reactor was con-
structed by machining a cylindrical block of PFA Teflon (ob-
tained from McMaster-Carr). Details of the reactor construc-
tion along with its dimensions are given in Figure 1. A cylin-
drical cavity (1/2 in. diameter, 10.5 in. length) was bored into
the center of the block, which served as the tubular reactor.
Multiple holes (1/16 in. in diameter) were drilled in the ra-
dial direction, axially spaced 0.5 in. apart in a spiral configu-
ration, to house the inlet/outlet ports as well as thermocou-
ples (Omega Type K, 1/16 in. O.D.) to measure the tempera-
ture. A removable top, secured by screws and aluminum sup-
ports allowed for easy loading/unloading of the catalyst. The
catalyst was held in place with glass-wool plugs.

Reactants In
From Preheater }

L— "O" ring

T?ITII

\

Packed Catalyst

Products Out
To GC

Figure 1. Design and dimensions of downward flow
packed-bed Teflon reactor.
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The desired amounts of ethanol, isobutylene, and any inert
(n-heptane) were premixed in a stainless-steel cylinder, and
then transferred to a 1000-mL syringe pump (Isco, Model
1000D). The syringe pump enabled the reactant to be fed in
a steady pulse-free flow to the downflow reactor. The reac-
tants were passed through a preheater and heated to the de-
sired temperature before entering the unheated reactor. The
system pressure was kept above the bubble point in the range
of 200 to 250 psig using a back-pressure regulator (Upchurch
Scientific, P738) to ensure liquid-phase operation.

Materials

Amberlyst-15 ion-exchange resin catalyst (obtained from
Sigma) was treated by washing the resin with ethanol, fol-
lowed by 1.0 N HNO, and then with ethanol again to remove
any excess free acid remaining on the resin beads. After dry-
ing for 12 h in an oven under vacuum at 105°C, the resin was
stored in a dessicator until used. The intact catalyst beads
with an average particle diameter of 0.74 mm were used.
Other physical properties of Amberlyst-15 are provided in
Kunin et al. (1962). Amberlyst-15 swells to varying degrees
depending upon the nature of the solvent. Its swelling in the
presence of ethanol is substantial, and therefore to ensure
consistent packing and bed porosity, it was packed in the re-
actor in the swollen state. This was accomplished by washing
the dried catalyst with ethanol prior to packing in the reac-
tor. Approximately 13.75 g of dry catalyst was thus packed,
occupying the reactor length of 9.5 in.

Dehydrated 200 proof ethanol was obtained from Pharmco.
CP grade isobutylene was obtained from Matheson with a
purity greater than 99%. n-Heptane was used as an inert
diluent in some of the experiments and was obtained from
Fisher Scientific with a purity of 98%. These chemicals were
used without any further pretreatment.

Procedure

To reduce the time to reach steady state, the catalyst bed
was preheated to a temperature of 40-50°C by pumping pre-
heated n-heptane through the system using a positive dis-
placement pump (Gilson Medical, Model 305) prior to the
introduction of the reaction mixture. The reactor was not
heated externally. Once the bed was thus preheated, the sy-
ringe pump was started at preset values, and the reaction
mixture was preheated to the desired reactor inlet tempera-
ture. The temperature profile of the catalyst bed was moni-
tored continuously as a function of time using an automated
data-acquisition system. Once a steady temperature profile
had been achieved, the product was analyzed via gas chro-
matography to determine the overall conversion. An on-line
liquid sampling valve (Valco, Model CLAWE) and a Perkin
Elmer AutoSystem gas chromatograph were utilized for this
purpose. A Porapak R column (Supleco, 1/8 in. x 6 ft) along
with a thermal conductivity detector (TCD) were used. The
gas chromatograph oven was held at 170°C, with helium as
the carrier gas at a flow rate of 30 mL/min. The TCD detec-
tor temperature was held at 190°C. Isobutylene conversion,
X, was computed

w
X =1— B,outlet ; (8)

Wg inlet
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where wg is the mass fraction of isobutylene. The side prod-
ucts (that is, tert-butyl alcohol (TBA), di-isobutene) formed
were insignificant, always being less than 1%, and were
therefore neglected in further calculations.

Results and Discussion
Physical and thermodynamic parameters

The activity coefficients were computed using the UNI-
FAC method, which has been shown by Izquierdo et al. (1992)
and others to provide accurate values for the MTBE and
ETBE reaction mixtures. The value for bed porosity, ez =
0.62, and the overall heat-transfer coefficient, U, were experi-
mentally determined independently. The appropriate value
of U was determined by conducting heat-transfer experi-
ments with various reactant feed-mixture compositions and
with the reactor packed with completely deactivated catalyst.
The catalyst was deactivated by neutralizing (ion-exchanging)
the acid sites with sodium hydroxide. The feed was preheated
to a temperature of 343 K and allowed to flow through the
reactor. Outlet concentration was verified by gas chromatog-
raphy to ensure the absence of any reaction. By experimen-
tally measuring the resulting steady-state temperature profile
within the packed-bed, and using Eg. 4 with r;= X =0, an
average value of U =7.0 J/h-cm?-K was obtained.

The effect of temperature on the species heat capacities is
shown in Figure 2a, while the effect of temperature on the
enthalpy change and Gibbs free-energy change for the reac-
tion is shown in Figure 2b. It is clear from these figures that
these quantities are substantially temperature dependent in
the temperature range of interest, and consequently it would
be erroneous to treat them as constant, as is typically done in
reactor modeling. While the exothermicity of the reaction in-
creases as the temperature increases, the negative Gibbs
free-energy change for the reaction declines substantially,
causing the equilibrium constant to decrease with tempera-
ture. The maximum obtainable conversion in conventional
reactors is the equilibrium conversion, X,. As shown in Fig-
ure 2c, although the equilibrium conversion at 300 K is ap-
proaching 95%, at higher temperatures (about 370 K) the
conversion drops to less than 80%. This plot thus provides an
upper limit to the reactor outlet temperature for a desired
conversion.

Reactor simulations

Equations 4 and 5 were simultaneously solved numerically
using a modified fourth-order Runge-Kutta method, in which
the species activities were updated using the UNIFAC
method between each iteration. Typical temperature, conver-
sion, and reaction-rate profiles for adiabatic and nonisother-
mal reactors as simulated by the theoretical model are shown
in Figure 3 for a feed with an ethanol /isobutylene molar ra-
tio, ®, = 1.05, and a weight hourly space velocity (WHSV) of
5 h~1. Further, U=0 was used for simulating the adiabatic
case, while the experimental value of U =7.0 J/h-cm?: K was
used for the more realistic nonisothermal case. There is a
sharp increase in the temperature (Figure 3a), the conversion
(Figure 3b), as well as the rate of reaction (Figure 3c) in the
inlet section of the reactor.

As the reactants enter the reactor, the reaction rate is slow
due to the low feed temperature. As the reaction progresses,
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Figure 2. (a) Effect of temperature on species heat ca-
pacities; (b) enthalpy and Gibbs energy; (c)
equilibrium conversion.

however, the heat generated by the reaction raises the tem-
perature, thereby causing the reaction rate to increase
sharply, resulting in even more heat being generated. How-
ever, since the rate constant of the reverse reaction increases
even more rapidly with temperature than that of the forward
reaction (that is, the thermodynamic equilibrium constant de-
clines with temperature), and as the concentration of product
increases within the reactor, the net rate of reaction, that is,
the difference between forward and reverse rates, peaks
sharply and then drops precipitously, approaching zero (Fig-
ure 3c), corresponding to thermodynamic equilibrium. There-
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around 380 K, within a relatively narrow region, that is, within
4 cm from the entrance of the catalyst bed. The temperature
thereafter begins to decrease due to the heat loss from the
reactor to a final exit temperature of around 310 K. Increas-
ing the WHSYV shifts the location of the temperature peak
farther downstream, but the peak height (temperature) re-
mains similar. Using U = 7.0 J/h-cm?-K and other indepen-
dently measured parameters as described earlier, it is seen
that good agreement is obtained between the experiments and
the predicted results. It may be remarked that peak location
and intensity are highly parametrically sensitive, and the good
agreement without any fitted parameters implies a robust
model.

Axial dispersion and intraparticle diffusion

In the one-dimensional model described by Eqgs. 4 and 5,
axial dispersion is assumed to be negligible and the catalyst
particle effectiveness factor is assumed to be unity. The good
agreement between experiments and theory for the peak in-
tensity and location appears to confirm the validity of the
lack of substantial axial dispersion. Furthermore, it has been
shown that the axial dispersion terms (that is, heat and mass)
can be neglected for bed lengths greater than 150 times the
catalyst particle diameter (Carberry, 1976; Lee, 1985).

The good agreement appears to also lend credence to the
assumption of substantial absence of intraparticle heat and
mass-transport limitations. Intraparticle diffusion has been
shown to significantly limit the rate of reaction only at high
temperatures, that is, in excess of 333 K, for the case of MTBE
synthesis over Amberlyst-15 catalyst with particle diameter of
0.74 mm (Zhang and Datta, 1995), when alcohol is present in
slight stoichiometric excess. If this is not the case, the rates of
reaction can become very high in regions of alcohol depletion
due to the inverse dependence of the rate on alcohol concen-
tration (Jensen, 1996). Thus, alcohol depletion within the cat-
alyst particle can cause the effectiveness factor to exceed unity
even at low temperatures (Rehfinger and Hoffmann, 1990).
However, this is not a concern when alcohol mole fraction
Xa > 0.05, as is the case in this study as well as in industry.
Further, for the case of ETBE synthesis over Amberlyst-15,
the effectiveness factor has been shown to be around unity at
a temperature of 343 K (Sundmacher et al., 1995).

However, diffusion limitations are dependent not only upon
temperature, but also upon composition. Thus, to more
closely assess the impact of diffusion limitation on the model
predictions, the following experiments were conducted. Dif-
ferential kinetic measurements were conducted in a reaction

apparatus similar to that of Zhang and Datta (1995) by vary-
ing the WHSV to obtain conversions less than ~ 5%. The
net observed rate of reaction could then be calculated simply
from the composition difference between the reactor inlet and
outlet. Thus, 1 = ry,s/Tyinetic cOuld be calculated using Eq. 6
for rynetic- EXperimental values for the effectiveness factor 5
were thus obtained for a variety of conditions corresponding
to temperature as well as composition values that would exist
along the axial direction in a nonisothermal packed-bed reac-
tor for a feed with an ethanol /isobutylene molar ratio of 1.05
and an inlet temperature of 313 K. The results are summa-
rized in Table 1.

These results indicate that the effectiveness factor n does
in fact deviate from unity along the length of the reactor.
However, this is limited to a very narrow zone in the vicinity
of the peak temperature. It is noteworthy that n again ap-
proaches unity at the peak temperature, which is not intu-
itively obvious, since the rate of reaction has become small as
equilibrium is approached. To evaluate the impact of such
diffusion limitations on the overall model prediction, the ef-
fectiveness factor n was included in the rate terms in Eqs. 4
and 5, using numerical values of i extrapolated from the ex-
perimental results in Table 1. Model predictions for both
cases (that is, n=1 and n # 1) are shown in Figure 5. When
compared to experimental results, the accuracy of the model
is not improved substantially by the inclusion of diffusional
limitation terms, except for rounding off of the peak some-
what. This is due to the fact that the region where diffusional
limitations are significant is extremely narrow. Thus, it ap-
pears that the greatly simplifying assumption of unit effec-
tiveness factor is satisfactory for predictive purposes under
the conditions investigated in this study.

Effect of inerts in feed

In industrial synthesis of MTBE or ETBE, the C4 feed
consists of substantial amounts of nonreactive species, ac-
counting for up to 50 to 65 wt. % of the feed (Scholz et al.,
1990). Thus, to more closely simulate the industrial feed con-
ditions, a feed consisting of 50 wt. % inert (n-heptane), and
an ethanol /isobutylene molar ratio of 1.05, was used at a to-
tal WHSV of 8.7 h~! and an inlet temperature of 318 K. The
resulting temperature profile for this case is shown in Figure
6, where it is also compared with the case of no inerts. The
presence of the inerts results in a moderation of the peak
temperature as well as the shifting of its location farther
downstream in the catalyst bed due to a reduction in the re-
action rate. Thus the temperature in the presence of inerts

Table 1. Theoretical vs. Experimental Net Reaction Rate along the Axial Direction for a Feed with an Ethanol/Isobutylene
Molar Ratio of 1.05 and an Inlet Temperature of 313 K

Distance from Temp. of Theor. Net Exp. Net Effectiveness
Reactor Inlet Catalyst Bed Reaction Rate Reaction Rate Factor,
(cm) (K (mol/h-g of Cat) (mol/h-g of Cat) n
0.0 313 0.044 0.045 1.02
25 333 0.278 0.254 0.91
2.7 355 1.409 0.705 0.50
2.75 381 5.733* 1.102 0.19
2.8 389** 0.072 0.069 0.96

*Peak net rate of reaction.
**Ppeak catalyst-bed temperature.
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Figure 5. Model comparison between using constant
and temperature-dependent effectiveness fac-
tor using a feed with no inert.

Ogon = 1.05, WHSV = 4.4 h 1, inlet temperature of 313 K,
and U=7.0 J/h-cm?-K.

peaks at around 350 K, whereas in the absence of inerts, the
temperature rises to about 392 K. It is seen again that the
model describes the experimental data very well in the pres-
ence of inerts as well.

While the inert species do not directly appear in the rate
expression, they do exert an influence on the rate of reaction
by reducing the mole fractions and affecting the activity coef-
ficients of the reactive species. Figure 7 shows the predicted
temperature profile when mole fractions replace activities
(that is, y;=1) in the rate expression, Eq. 6, in order to de-
termine the effect of nonideality on the kinetics. It is seen
that both the peak temperature and location are drastically
affected. Further, the model predictions with y;=1 are in
poor agreement with the experimental results. A much better
agreement between experimental and predicted results is ob-
tained when species activities are used in the rate expression.

420 , T
P ®  No Inert
L O 50 wt% Inert
400 Model (no inert)
I e I et == Model (50 wt% inert)

360 |
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Catalyst Bed Temperature, K

320 L

Distance from Reactor Inlet, cm

Figure 6. Effect of inerts in reactant stream on the tem-
perature profile with 50 wt. % inert.

Ogon = 1.05, WHSV =87 h~1, inlet temperature of 318 K,
and U =7.0 J/h-cm?-K.
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Ogon = 1.05, WHSV=8.7h~1, and U= 7.0 J/h-cm?2-K.

This result further validates the argument that since the reac-
tion mixture is nonideal, activities, rather than concentra-
tions, or mole fractions (Jensen, 1996) are appropriate in the
rate expression to provide a proper description of the kinet-
ics of ether synthesis. Of course, this is also consistent with
thermodynamics.

Conwersion vs. temperature

It is evident from Figure 3 that in a manner similar to the
temperature profiles, the conversion profile within the reac-
tor starts at zero conversion at the inlet and rises sharply to
the equilibrium conversion. The temperature peak corre-
sponds to the point where equilibrium conversion has been
achieved. The conversion thereafter can only be changed by
traversing along the equilibrium conversion curve by a de-
crease in the temperature. This is shown in Figure 8 by di-
rectly plotting conversion vs. temperature obtained from the
simultaneous solution of Egs. 4 and 5. Alternatively, X vs. T
can be obtained directly by eliminating the axial distance z
between Egs. 4 and 5, or

n
dx (—7g) 1 ©;C+ACH X
j=1

ﬁ=

Ua(T,-T) 1" )

0]

(-aHz)+ (1-es)pc Ti

and solving this differential equation. The conversion vs. tem-
perature profile shown in Figure 8 corresponds to a 50 wt. %
inert feed and an inlet temperature of 323 K. In the kinetic
regime, the conversion increases initially approximately lin-
early with temperature until equilibrium conversion of around
75% is achieved, corresponding to the peak temperature of
about 370 K. Beyond this point, as the temperature in the
reactor drops due to the heat loss, the conversion traverses
the equilibrium curve, eventually increasing to 95%. There-
fore, in the two-stage reactor scheme commonly utilized in
industry, the latter part of the first reactor and the second
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Figure 8. Interrelationship between conversion and
temperature for ETBE synthesis in a packed-
bed tubular reactor with cooling.

reactor operate in the thermodynamic regime, enhancing the
conversion by cooling the reaction mixture. Finally, the non-
linearity of the curve in the kinetic regime is noteworthy, re-
sulting from the temperature dependence of the thermophys-
ical quantities.

Figure 8 also clearly demonstrates the advantage of non-
isothermal reactors as compared to adiabatic reactors for
exothermic and reversible reactions. The conversion in a truly
adiabatic reactor also increases with increasing temperatures
in the Kkinetic regime, but once the conversion intersects with
the equilibrium curve, conversion and temperature in the re-
actor remain constant thereafter. To achieve higher conver-
sions possible with nonisothermal reactors, additional adia-
batic reactors with interstage cooling are thus required.

Control of hot spots

As discussed earlier, the temperature spikes within a nar-
row region of the reactor. These hot spots are a potential
problem, since Amberlyst-15 begins to lose its sulfonic acid
groups at the higher temperatures, particularly above 393 K.
Overheating causes the release of strongly acidic sulfonic and
sulfuric acid (Takesono and Fujiwara, 1980), which can also
cause corrosion problems downstream. If the temperature is
allowed to increase beyond 414 K, the polymeric backbone of
the catalyst also begins to decompose. Therefore, adequate
heat-removal provisions must be made to minimize thermal
catalyst deactivation. For the packed-bed reactor scheme, the
heat can be removed by external cooling along the length of
the reactor and /or by recirculating part of the effluent stream
(Brockwell et al., 1991). The hot spots are also moderated by
the presence of diluents in the reactant stream, which aid in
lowering the peak temperature in the reactor (Figure 6). From
the viewpoint of deactivation, the excess catalyst in the bed
(Figure 3), thus, serves as the ‘““back-log,” when the front end
of the catalyst bed gradually deactivates and the temperature
peak concomitantly migrates downstream.

The location and intensity of peak temperature and con-
version can also be controlled by the feed temperature. For a
given reactor throughput, the inlet feed temperature can play
a significant role in the “ignition” of the reactor. The effect
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Figure 9. Control of hot spots using inlet feed tempera-
ture.

of inlet feed temperature is illustrated in Figure 9 for a feed
consisting of 50 wt. % inert (n-heptane), an ethanol /isobuty-
lene molar ratio of 1.05, and a WHSV of 8.7 h~!. For tem-
peratures below 313 K, the rate of reaction remains too low
throughout the reactor to achieve equilibrium conversions
(Figure 9b). For temperatures above and including 318 K,
similar equilibrium conversions are achieved, thus achieving
the process objective of maximum conversion per unit cata-
lyst. But as the inlet feed temperature increases, so does the
peak temperature, and thus consequently the rate of catalyst
deactivation. Therefore to maximize conversion and mini-
mize catalyst deactivation an inlet feed temperature of 318 K
is indicated under the conditions of this study. Furthermore,
at this inlet temperature the catalyst bed is more efficiently
used. It is conceivable that as the catalyst ages, the inlet tem-
perature would need to be increased gradually to compen-
sate for the catalyst deactivation.

Conclusions

A one-dimensional model of coupled mass and enthalpy
balance is utilized for liquid-phase ETBE synthesis in a non-
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isothermal packed-bed rcactor that is inhcrently consistent
with reaction thermodynamics, assuming thermochemical
properties to be a function of temperature and utilizing a
rate expression in terms of activities and incorporating the
thermodynamic equilibrium constant. There are few such
studies in the literature on nonisothermal packcd-bed reactor
analysis for liquid-phase reactions. Good agreement was ob-
tained between experimental and predicted results for a vari-
cty of conditions, implying that the model is robust and that
higher dimensionality and complexity in the model are un-
necessary for this system. Further, it is apparent from this
study that species activities rather than concentrations, or
mole fractions, are appropriate for accurate kinetic descrip-
tion of the nonideal system. In addition, it was shown that
although intraparticle diffusion limitations exist within the
reactor, the impact to the overall model prediction is minimal
due to the narrow region in which the cffcctiveness factor
deviates from unity. Therefore, the use of simpler models that
ignore intraparticle diffusion is justified in view of substantial
resulting simplicity. The model also simultancously verifies
reaction kinetics as well as thermodynamics of ETBE synthe-
sis by virtue of peak location and subscquent temperature
profile, which are highly sensitive to paramecters. All the pa-
rameters utilized were obtained independently and no fitted
paramcters were employed.

Notation

a = specific heat-transfer arca = 2/R,
a,b.c.d= c(:el'ﬁcicnts of molar heat capacity expression, Eq. 1
Aa,= z v,a,
)=
n

Ab= Y vb

L
=\

n
Ac,= z v,C
J=-1
n
Ad,= Y v,d,
Jj=1
a, = activity of species j, = yx,
AC/p= liquid-phase heat capacity difference between products
and reactants of reaction i,

AC, = Y v, Cp. JAmol-K)
=1
F,.F, = molar flow rate of species j: inlet molar flow rate of
species j, mol/h
AGj) ;= standard Gibbs energy of formation of species j in lig-
uid-phase at temperature T, kl/mol
AHf ;= standard enthalpy of formation of species j in liquid-
phase at temperature 7', kJ/mol
K, = thermodynamic equilibrium constant of rcaction i
n = total number of chemical species
R = gas constant, 8.3143 J/mol-K
r,= rate of reaction for reaction i, mol/h-g
W= catalyst mass in reactor, g

n
x,= mole fraction of species j, =F, [ ¥ F,
J=1
y, = activity coefficient of species j
v,, = stoichiometric coefficient of species j in reaction i

n
Av, = change in number of moles of reaction i, = Z v,
=V
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6, = molar feed ratio of species j with respect to isobuty-
lene (B), N,o/Nyp
P = catalyst particle density, g/cm’

Subscripts
A, B, D= cthanol, isobutylene, cthyl rert-butyl ether, respectively
e = at equilibrium
f= of formation
i = of reaction i
Jj = of species j
T = at temperature T
T“ = at standard temperature
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